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Separation of a ternary mixture into almost pure components is discussed. Systems of
distillation columns, with higher thermodynamic efficiency, are developed from a direct
sequence (or indirect sequence) of distillation columns by allowing for two interconnect-
ing streams of the same composition and different enthalpy. This increases the re-
versibility of distillation in the second column, which results in replacing a portion of
the high-temperature boiling duty with a lower-temperature heat in the direct split case.
For the indirect split case, the improvement allows a portion of the low-temperature
condensing duty to be replaced with a higher-temperature condensation.

Introduction

Agrawal and Herron (1997) have recently analyzed the im-
pact of the thermodynamic state of the feed on the thermo-
dynamic efficiency of a binary distillation column. They noted
that the feed state, which maximizes distillation efficiency,
may sometimes be naturally available from the unit operation
providing the feed for distillation. Such opportunities exist in
ternary distillation using direct sequence (DS) or indirect se-
quence (IS). Consider the separation of a ternary mixture
ABC into almost pure components (where A is the most
volatile component and C is the least volatile component). In
the DS, component A is removed as a top product from the
first column (split A/BC) and the remaining binary mixture
BC is separated in the second column. There are many ways
to transfer mixture BC from the first column to the second
column. It can be transferred as a liquid stream, a vapor
stream, a two-phase stream or as multiple feed streams, each
in a different state. In the IS, component C is removed first
as a bottom product from the first column (split AB/C) and
then the mixture AB is separated in the second column. As
for the DS, multiple options for transferring mixture AB from
the first to the second column are available. These options
can be implemented without adding new equipment, but can
strongly affect the overall efficiency of the ternary distilla-
tion.

The complete set of alternative column configurations for
ternary distillation is supposed to be known from exhaustive
research over the last five decades (for example, Lockhart,
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1947, Rod and Marek, 1959; Petlyuk et al., 1965; Heaven,
1969; Hendry and Hughes, 1972; Hendry et al,, 1973; Sargent
and Gaminibandara, 1976; Doukas and Luyben, 1978;
Hlavacek, 1978; Tedder and Rudd, 1978; King, 1980; Wester-
berg, 1980; Nishida et al., 1981; Glinos, 1985; Westerberg,
1985; Westerberg and Wahnschaft, 1996). Surprisingly, these
alternative column configurations do not include various pos-
sibilities of transferring the binary mixture from the first col-
umn to the second column of a DS or an IS. Recently,
Wankat and Kesler (1993) have briefly mentioned the possi-
ble application of columns with two feeds (each feed of the
same composition but different enthalpy) in distillation net-
works, however, all possible ternary configurations were nei-
ther drawn nor analyzed.

An important aspect of the synthesis and optimization of
distillation systems is the criterion need to compare various
alternatives. Some popular objective functions are based on
economics (total cost of the plant) (Tedder and Rudd, 1978)
or on thermodynamics (thermodynamic efficiency) (Petlyuk
et al,, 1965; Ho and Keller, 1987; Agrawal and Woodward,
1991). A limitation of cost optimization is that it may not
provide general guidance or an understanding of the reasons
for selecting one system over the other. This is because costs
depend on several factors and some of these factors have
nothing to do with distillation. Cost may vary with time, geo-
graphical location, or even a supplier. Furthermore, energy
and material integration of the distillation process with some
other processes or utilities may provide a step change in the
cost. Therefore, a configuration with optimum cost selected
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at a certain time and location is not necessarily optimal for
some other applications, built somewhere else or at some
other time.

Synthesis and optimization strategies based on thermody-
namic efficiencies also have limitations. For example, a
process optimized for maximum efficiency will generally con-
tain one or more units with zero thermodynamic driving forces
and consequently with infinite capital cost. A real process,
with the same equipment configuration and with nonzero
driving forces, may be only slightly less efficient than the
process with maximum thermodynamic efficiency. Accord-
ingly, it has proved very useful to synthesize and optimize
processes for maximum thermodynamic efficiency and then
to perform energy-capital cost optimization on specific com-
ponents of the overall process without changing its configura-
tion.

A simple criterion that is somewhat related to economics
and thermodynamics simultaneously is the total minimum va-
por flow of the distillation system (Rod and Marek, 1959;
Fidkowski and Krolikowski, 1987). This criterion has been se-
lected as worthy of study, because it corresponds to reboiler
duty (and consequently to heat utility cost and reboiler cost)
and to column cross-sectional area (column cost). The limita-
tion of this criterion is that it does not distinguish between
the temperatures of utilities, which may lead to thermody-
namically inefficient designs.

The objective of this article is to extend the thermody-
namic efficiency analysis method of Agrawal and Herron
(1997) to ternary distillation and to study the relative merits
of new distillation systems derived from conventional direct
and indirect sequences. The new systems include some of the
options available for transferring a binary mixture from the
first column to the second column in DS or IS, without adding
any new reboilers or condensers. Separation of a ternary mix-
ture ABC into almost pure components is discussed. We will
assume constant relative volatility and constant molar over-
flow. Column sequences will be compared at minimum reflux
conditions. Furthermore, for simplicity we will constrain our
discussion to only cases where the feed to the first column is
saturated liquid.

Direct and Indirect Sequence with Two
Interconnecting Streams

In direct sequence, component A is removed as a top
product from the first column and the remaining binary mix-
ture BC is separated in the second column. In indirect se-
quence, component C is removed first as a bottom product
from the first column and then mixture 4B is separated in
the second column. In the literature DS and IS are always
shown with one interconnecting stream between the columns.
The thermodynamic state of this stream is not specified, and
it is usually assumed to be a liquid. We will denote these
systems with a liquid interconnecting stream as DS, and IS;.
However, there is no technical restriction on the thermody-
namic state of the interconnecting stream. Moreover, we have
a complete freedom to choose the thermodynamic state of
this stream without adding any new equipment. The product
from the first column of DS or IS can be withdrawn before
or after the heat exchanger. Fidkowski and Krolikowski (1987)
showed that minimum vapor flow in DS, is lower than in
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Figure 1. Direct sequence with liquid and vapor inter-
connecting streams (DS, ).

DS\, and minimum vapor flow in IS, is lower than in IS,.
Before making any evaluations, one can postulate that it might
be beneficial to have two interconnecting streams between
the columns—one liquid and one vapor. For example, in DS
the liquid feed will be the BC mixture withdrawn from the
bottom of the first column before it enters the reboiler, and
the vapor feed can be withdrawn as a side stream of the first
column boilup (system DS}, in Figure 1). The beneficial im-
pact of having two feeds on thermodynamic efficiency of a
binary distillation column is discussed in detail by Agrawal
and Herron (1997). System IS;, is shown in Figure 2. Sys-
tems DS;, DS, (IS;, IS,) are not shown on separate fig-
ures. They can be obtained from DS, (Figure 1) or IS,
(Figure 2) by simply deleting either the vapor or the liquid
interconnecting stream.

We will refer to particular reboilers and condensers ac-
cording to the names of species that are boiled and con-
densed there, for example, we will call the condenser in the
first column of DS condenser A, and we will call the reboiler
in the second column of IS reboiler B. We will use a similar
method to refer to the flow rates of the phases in the differ-
ent sections of the distillation columns, such as if a given
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Figure 2. Indirect sequence with liquid and vapor inter-
connecting streams (IS, ).
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section is connected to reboiler BC, the vapor flow rate
(kmol/s) inside this section will be called V.. (This notation
is also shown in the figures.)

Minimum Vapor Flows in Direct Sequence with Two
Interconnecting Streams

The systems are compared at minimum reflux conditions,
that is, each column in DS (or IS) operates at its minimum
reflux. Minimum vapor flow in the first column of direct se-
quence can be calculated by solving Underwood’s equation
(Underwood, 1948), for the ternary mixture ABC with satu-
rated liquid feed

Aa Ba Ca,
4y —2 4~ o (1)
a,—¢ ag—¢ acr—¢

Roots ¢, and ¢, satisfy the following inequality
ac<d,<ag< P <ay (2)

In all DS systems (DS, ,, DS;, DS, ), the minimum vapor
flow in the first column is the same, given by equation

Aay

Vy=Vac= P ¢_
4 1

3

Minimum vapor flows in the second column in DS, were
calculated assuming pinch conditions at both (vapor and lig-
uid) feed locations as shown on the McCabe-Thiele diagram
in Figure 3
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Figure 3. McCabe-Thiele diagram for the second col-
umn in DS,;, system at minimum reflux.
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From the equations above, we can calculate the flow rates of
the vapor and liquid feed to the second column of DS, at
minimum reflux

Fype=Vp—Vc=8B (6)
Fi pe=B+C—F,3c=C @)

Note that the column with liquid and vapor feed of the same
composition, separating a binary mixture BC into pure com-
ponents, has an interesting property at minimum reflux (with
pinches at both feed locations). The flow rate of the vapor
feed is equal to the flow rate of the more volatile component
B, and the flow rate of the liquid feed is equal to the flow
rate of the less volatile component C.

Condensing and boiling duties in DS systems, at minimum
reflux conditions, are summarized in Table 1. By comparing
these duties we can draw the following conclusions:

e Total boilup at minimum reflux is the same in DS, and
DS, ,; however, DS, requires less high-temperature utility
(at temperature T.) and more lower-temperature utility (at
temperature Ty). The amount of duty shifted from reboiler
C to reboiler BC (in terms of vapor flow) is equal to B.
Therefore, a direct sequence with two interconnecting
streams will be much more efficient than DS, when the dif-
ference between T and Ty is significant, or, when the feed
contains a considerable amount of component B. In a given
application, DS;, could be attractive when the cost of heat
at T, is significantly greater than the cost of heat at Tp.

e DS, requires more total boilup than DS,, and DS, ;
however, the heat duty in reboiler C in DS, is lower than in
DS, (the difference is equal to B), but the heat duty in re-
boiler BC is higher (difference of B + C). It is probably rec-
ommended instead of DS; when the high-temperature utility
is expensive and amount of component C is small.

e Condensing duties in DS;, and DS, are the same and
condensing duty in the second column of DS, is higher (the
difference is equal to C).

A similar discussion can be carried out for IS systems.
Equations for minimum vapor flows in the remaining column
sequences are given in Appendix A.

Thermodynamic Efficiency of Direct Sequence and
Indirect Sequence

In order to compare various column configurations we use
the thermodynamic efficiency method developed by Agrawal
and Herron (1997). The authors used the Clausius-Clapeyron
equation to express the effect of temperature difference be-
tween the top and bottom of the distillation column on the
efficiency, which results in a simple equation containing only
relative volatilities and compositions. Explicit knowledge of
temperatures is not required. The authors verified the method
by comparing its results with detailed calculations for various
real, nearly ideal binary mixtures, achieving satisfactory
agreement, despite all the simplifying assumptions. The other
advantage of the method is that it provides the efficiency of
the distillation process itself, without considering whether the
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Table 1. Condensing and Boiling Duties (in Terms of Vapor Flows) in Direct Split Systems at Minimum Reflux Conditions

DSLV DSL DSV
. Aa, Aay Aay
Reboiler BC + B +B+C
ay— ¢y ay~ &) A~ Py
(B+Q)a (B+0C) B+C
Reboiler C % e (Bt+Cac
ag — ac @g — ac ag ~ ¢
Aa (B+C)a A (B+C) A B+C
Total Boiling Duty 4y Sy a B u_ BrOec oo
ag— o g~ ac¢ oy~ & Qg — Q¢ ay— ¢ apg — ac
Aa Aa A
Condenser A A 4 24
ay— & a - ) ay— ¢
(B+C)a (B+Ca (B+C)
Condenser B — — t4B — —i+B+C
ag — Q¢ ap— a¢ ag — Q¢
Aa (B+C)a Aa (B+C)a, A (B+C)
Total Cond. Duty 44 ‘+B 4 +B fa_ % i B+cC
ay— ¢ ap — ag¢ = &) Qg Q¢ ay— ¢ g — Q¢
heat rejected to the condensers is reused or not. This issue Lp=Vyz—B (13)
has often given rise to confusion in various definitions of dis-
tillation efficiency where minimum work of separation is Le=Ve+C (14)
mpared to th lied to th iler. h fini-
comp to the heat supplied to the reboiler. Such a defini Lyc=Vpe+B+C (15)

tion implicitly assumes that this heat, once it has entered the
reboiler, is lost for all practical purposes and cannot be reused
(for example, Ho and Keller, 1987). The thermodynamic effi-
ciency of distillation calculated in such a way is small (usually
in the range of 10-20%) and can never be equal to 100%,
even for a fully reversible process. In another words the dis-
tillation process itself is being “blamed” for the fact that the
degraded heat rejected in the condenser is not reused. For
processes where this is not the case, for example, in highly
integrated cryogenic processes, this definition (a ratio of min-
imum work of separation to reboiler heat duty) is not useful.
Recognizing this fact, Agrawal and Herron (1997) used the
following definition of distillation thermodynamic efficiency

Minimum Work of Separation

Ui (8)

~ Minimum Work of Separation + Exergy Loss

Obviously, the value of this efficiency can reach 100% for a
fully reversible process. Exergy loss is calculated by the ex-
ergy balance, taking into account all the streams entering and

leaving a control volume containing the distillation column
system, but excluding the heat exchangers. The way of calcu-
lating the exergy loss for DS, system is shown below

A €loss = €in — €out 9

where, assuming liquid feed and a unit feed flow rate (F =1
kmol/s)

en=er+ Lje,+Logeg+(Vye + Fy pcYEpe + Vo E- (10)

€ont =VaEs +VgEg+(Lpc — Fp gclegc + Leec (11)
We eliminate all the liquid flows in Eqgs. 10 and 11 using
L,=V,— A 12)
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From Eqs. 9-15 we have

A€y =ep—(Ae,+Beg+Cer)+V (e, —E)+Vp(eyg— Ep)

—Velec = Ec) = (Ve + Fy pc)eye — Egc)  (16)

Feed exergy is the sum of exergy of mixing and the thermal
component

er=RT, Y,
i=A,B,C

z;Inz; + ek 17

Utilizing Eq. 17, the first two components of Eq. 16 can be
rewritten as

ep—(Ae,+ Beg+Cer)=RT, Y,
i=A,B,C

z;lnz; +8+p (18)

where

8=El-(AE,+ BEy+ CE_) (19)

o= (eF - EF)— A(@A - EA)_ B(CB - EB)—C(eC - EC)
(20)

We may now assume that the thermal component of the ex-
ergy of the vapor mixture is approximately equal to the sum
of thermal exergies of pure components in a saturated vapor
state and so the term & is negligibly small.

For each pure component i (i = 4,B,C)

TO
e—E;=AH| -1 D

i
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where 7T, is the constant temperature of phase change for
component i and AH is the (positive) heat of vaporization.
Because we have assumed constant molar overflow, the heat
of vaporization AH (kJ/kmol) is the same for all compo-
nents.

For a mixture

o T
o — Eni = AH [° 1(——0——1)dq 22)

where T, is the variable temperature of the mixture, as it
condenses from vapor state (g = 0) to liquid state (g = 1).
From Egs. 20-22, we obtain

sty [ a4 - 2] B = -2
= — —— 4Bl =—-—
# 0'/;1=0 I, T, T, Ty

1 1 ’
TEREN) P

Tr TIc

Using the Clausius-Clapeyron equation, Eq. 23 can be rewrit-
ten in terms of equilibrium coefficients of components (X ,,
Ky, K.) in ternary mixture 4ABC

RT [*"'| Aln—— + Bln— + Cln— (24)
= — _+ —_—
# quxﬂ g A nKB an dq

The above integrals can be numerically calculated. The rele-
vant equations are summarized in Appendix B. After exten-
sive calculations for various mixtures, we determined numeri-
cally that for a liquid feed

p=0 (25)

From Egs. 16, 18 and 25, we obtain

A €loss = RTO Z
i-A,B,C

~Velec=Ec)=Wpe + Fy pc)ege — Egc)  (26)

zilnz, +V{e,— E)+Vg(eg— Ey)

Eliminating V- using the following balance

Ve=Vy+Vyg=(Vpc+ Fy gc) @n
and utilizing Egs. 21 and 22, we express exergy loss as

A €loss = RTO Z

1 1
zilnzi+VAAHT0(—~— )
i~ A8,

T, I

1 1
+VBAHTO(T__T_)
B C

— (Ve + Fy g )AHT, f"‘l(-—l———l—)dq (28)
B( V.BC 0 4=0 TBC TC
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Eliminating temperatures from Clausius-Clapeyron equation
(see also Agrawal and Herron, 1997), we obtain the final ex-
pression for exergy loss

A‘eloss = RTO Z
i=A4,B,C

zlnz;+V, lna,+VyInay

29

=1
~Wac+ Fupe) [ (ln )dq
q=0 C,BC

where ay, ag are volatilities of components 4 and B, rela-
tive to component C, and K p is the equilibrium coeffi-
cient of component C in binary mixture BC. Equation 29 can
be used to calculate the exergy loss in DS, at any value of
reflux ratio. At minimum reflux conditions, all the flows are
calculated from Egs. 3-6. From Egs. 6, 8 and 29, the final
formula for thermodynamic efficiency of DS, is given by
Eq. 30

- X

i=A,B,C

Vilna,+Vylnay-Wpe+B) [ In
g=0

z;In z;

Nps,Lv =

dg
C,BC

(30)

Equations for thermodynamic efficiency of the other dis-
cussed distillation systems at minimum reflux were obtained
in a similar way. The final expressions are listed below

- Y zng
i~ A,B,C
TMps.L = : i 1 GD
Vilna,+Vginag—Vac[ In dq
q=0 C.BC

- Y zlngz
i= 4,B.C
sy = ]
VAlnaA+VBlnaB——(VBC+B+C)f In dq
q=0 C,BC
(32)
s, Lv
- Y zing
_ i= A,B,C
1 1
Vilna,~Vpinay+ (V5= D|lnag+ [ In dq
q=0 B,AB
(33)
- Y zmnz
i= A,B,C
Mis,L = ) 1
VAlnaA—VBInaE+VAB(lnaB+f in dq)
q-0 Kp4p
(34)
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- X

i=A,B.C

z;Inz;

(35)

sy = )
VA1naA—VB1na3+(VAB—A—B)(1naB+f In
g=10

Minimum vapor flows are listed in Appendix A. Note that
the minimum vapor flows in the different systems, although
denoted by the same symbol (such as V,, V.V, 5, Vg, gen-
erally have different values.

We can use the equations above to compare thermody-
namic efficiencies of discussed systems. For example, let us
compare the thermodynamic efficiency of DS, with that of
DS, . Note that minimum vapor flows V,, V; and V- are the
same in both systems. From Eqgs. 30 and 31, we have

1
~ Y zn zi( - )
i=A,B,C ps,..  "Mps.Lv
Bf 1 L 450 G6)
= n q >
q=0 K¢ e
which gives
Nps.Lv = Mps,L (37)

Now let us compare DS, with DS, . Note, that the mini-
mum vapor flows V5 are different in both systems (Egs. 4 and
A2). From Egs. 4, 30, 32 and A2 we have

1
- ¥ z,—lnzi( - )
i= A,B,C Tips,y  "ps,Lv
=Clnagz-C In dq
q=0 C,BC
AH 1 1 i 1 1
=(C — e ———|d
R (TB Tc) ];I=0(TBC Tc) q]
CAHf] SIS PP e v
=C— —_—— >
R Jy=o\Ty Tpe 7

which gives

39)

Nps,Lv > Mps v

Similar proof can be given for indirect splits. As expected,
thermodynamic efficiency of DS,, (IS;,) is always higher
than DS, or DS, (IS, or IS,).

An example of thermodynamic efficiencies for DS,, DS,
and DS, - is given in Figure 4. We chose an equimolar feed
with a,/ag =4.0 and ay varied between 1.05 and 5.0. Effi-
ciencies of separation are similar for ag =1.05 (all equal to
about 68%). As ay increases, the difference between the
thermodynamic efficiency for DS,, and for the direct se-
quences with a single interconnecting stream increases up to
about eight percentage points. Since the base level of effi-
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ciency is about 60%, this corresponds to a potential savings
in exergy for distillation of 12~15%. Note that in this exam-
ple problem, feed to the second column is an equimolar mix-
ture of B and C and, therefore, 7,5, is equal to 7, ;.. Gen-
erally, for other feed compositions, these two efficiencies will
have different values.

Conclusions

The efficiencies of modified direct and indirect ternary dis-
tillation sequences with two interconnecting streams of the
same composition and different thermodynamic state have not
previously been analyzed. The new distillation systems are
more thermodynamically efficient than the corresponding
conventional direct and indirect splits with only one intercon-
necting stream. The improvement in case of a direct split re-
sults in a reduction of high-temperature heating utility at the
expense of a lower-temperature heating utility. For an indi-
rect split, a portion of the colder condensing utility can be
replaced with a warmer one. If it is preferred to use the same
heating (cooling) utility for both columns, the total heat-
exchanger area can be reduced in the new systems. The
drawback of the new systems is that a greater number of
stages (in comparison with conventional direct or indirect sys-
tems) will be required in the second (binary separation) col-
umn.

Q0.7

0.65 4

efficiency
o
o
1

0.55 -

0.5 ;

N
Q w 4

oy

()]

B

Figure 4. Example of thermodynamic efficiency for
DS,,, DS, and DS, for a,/ag=4.0 and z,=
ZB = 2c.
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Notation

A,B,C =flow rate of component A,B,C in the feed, kmol/s
e =exergy of liquid phase, kJ/kmol
E =exergy of vapor phase, ki/kmol
L =liquid flow rate, kmol/s
q =fraction of liquid
R =gas constant, 8.314 kJAkmol-K)
x =mole fraction in liquid phase
y =mole fraction in vapor phase
z =mole fraction in feed
e =exergy, kJ/kmol

Subscripts and superscript

A, B, C =component A4, B, C, or, when used with L or V, section
of the column where A, B or C is produced
AB =mixture of components AB, or, when used with L or V,
section of the column where mixture 4B is produced
BC =mixture of components BC, or, when used with L or V,
section of the column where mixture BC is produced
T =thermal component of exergy
0 =ambient conditions
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Appendix A: Minimum Vapor Flows

Minimum vapor flows for the remaining systems are as fol-
lows

For DS,
Bag+Ca
Vy=Ve=— S (AD
ag— ac
For DS,
(B+Q)a
Vy= —-" (A2)
@p— ac
(B+Q)ac
Vo= —— (A3)
ap~— Q¢

For IS, IS, and IS, (first column)

Vo Aa, Bag (Ad)
= = +
©Tar ay—¢, ag— o,
For IS, ,
Aa,+ Ba
y,=—2_ 2 (A5)
a4y~ Qp
(A+ B)ag
Vp=—"—"7— (A6)
a4y Qg
Fy ap=Vy—Vp=4 (A7)
Fp 4g=A+B-F, ;=B (A8)
For IS,
Aa,+ Ba
V,=Vy=—no % (A9)
Q4 Qg
For IS,
(A+ B)a,
Vy=——> (A10)
a4y — dp
(A+B)a
Vpme— 2 (A1D)
Ay~ Qp

Appendix B: Calculation of Integrals in Eq. 23

From the Clausius-Clapeyron relationships and the defini-
tion of relative volatility it follows
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AHT, ! ! RTl1
OT”TA" o

F KA
= RT,In [ Gata’ :Bx’* * xc] (B1)
A
11 1
AHTO(FF-—FB) =RT01nE;
=RT,In [ Ga¥a T z”x" * xc] (B2)
B

AHT, ! ! RT,1 !
o\ 7 ) R

=RT,ln[a,x, + agxy+xc] (B3)
In order to solve the integrals, x,, xp and x. need to be

calculated as functions of ¢. This is achieved by writing com-
ponent balance equations for a given g.

A Xy (B4)

z,=qx,+(1—q)
4= Pa 1 aux,+agxg+ xeo

OpXp
zp=qxp+(1-¢q) (B5)
XX+ agxg+ X

also
Xytxp+ao=1 (B6)

Equations B4-B6 can be manipulated to give

Ay ZpXy4

(B7)

- gz i+ gla,— aglx,
q* (e, —Day,— ag)xy +{gla,—Dagz, +qla, — agp)
X[{g+(1- Qe+ z,(0— a)xd +{agzlg +(1-g)ay,
+z,(1-a)l+z2,(1-opgla,zg—z,9(a,— ag)lx,

—apz3=0 (BY)
Equation B8 is cubic in x, and the desired root is readily
calculated; x; and x. may then be calculated from Egs. B7

and B6.
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